Abstract: This work deals with the analysis of the mass transfers taking place in a unit operation of a recently developed hydrometallurgical process. This process is a purification treatment of zinc-rich electric arc furnace dusts to generate high purity zinc oxide. In this operation, gaseous CO 2 generated in a furnace is injected in a reactor containing an aqueous solution of ammonia and ammonium carbonate, which is the leaching solution of these dusts, to precipitate zinc carbonates. During the operation, the gas-liquid CO 2 absorption is coupled with a simultaneous liquid-gas NH 3 desorption and with several reactions in the leaching solution. This paper aims to propose a mathematical model of the coupling between the mass transports and the reactions and to present a simulation tool for the computation of the CO 2 absorption, the NH 3 desorption rates and their evolutions with the solution composition. The ability of the presented simulation tool to predict the time evolution of the liquid composition during a gas injection is evaluated by comparing simulation results to experimental results. The pH time evolution is used as the comparison criterion and the experiments are carried out at a bench-scale stirred tank reactor. In addition, simulations results showing the influence of the solution composition in conditions representative of the operating conditions on the CO 2 absorption and NH 3 desorption rates are presented and discussed.
Introduction
The recycling of steel scrap is an integral part of modern steelmaking, reducing the need for iron ore extraction. Approximately 1.2 billion tons of steel are necessary every year; 40% of the processed steel is obtained from recycled waste feed in electric arc furnace [1] . The steelmaking industry that uses electric arc furnaces generates dust (usually called EAFD) as its main residue. This dust must be treated to recycle some heavy metals for economical reasons and to prevent environmental impacts. In this steel recycling process, approximately 15 kg of EAFD per ton of obtained steel is generated [2] . This waste is formed basically by different metallic oxides with heterogeneous composition and size. The Waelz process is the most common technology for this purpose, generating concentrates of zinc (Zn) and lead (Pb) oxides (called Waelz oxides). At kiln operating temperatures of approximately 1,200°C, all volatile elements (mainly Zn) are transformed into a gas phase. Then, they are oxidized to form the so-called Waelz oxide, which is rich in zinc oxide. In ordinary usage, an industrial Waelz furnace treats 160,000 tons of EAFD/year with a generation of 0.45-0.49 tons of CO 2 equivalent/tons of treated EAFD, obtaining 50,000 tons of Waelz oxide/year [3] . The aim of the current development of the process is to expand the market of the Waelz oxide and to raise the products value designing sustainable processes.
This work lies in the framework of a recently developed hydrometallurgical process for the Waelz oxides purification treatment, resulting in high purity Zn oxide.
A simplified block diagram of this treatment is presented in Figure 1 .
In this process, the Waelz oxides produced from EAFD by Waelz furnaces are leached using an ammoniacal liquor, which is an aqueous solution containing mainly ammonium carbonate (ðNH 4 Þ 2 CO 3 ) and ammonia water (NH 4 OH) [4] . The resulting solution is called the leaching solution. After oxidation and cementation stages to remove iron, copper and other impurities, a carbonation stage (emphasized in Figure 1 ) is realized by the gasliquid absorption of CO 2 coming from the Waelz furnace flue gas or the zinc carbonate calcination [5] , leading to the precipitation of zinc carbonates. The pH of the purified leaching liquor must be reduced from 9.5 to 8 in order to optimize the zinc recovery by zinc hydroxides insolubilization and zinc carbonates formation and precipitation. These hydroxides and carbonates are then calcined to produce high purity Zn oxide. Therefore, the developed new process prevents greenhouse gas emission by recovering the CO 2 from the pyrometallurgical furnaces as raw material in the hydrometallurgical process in order to obtain the target product. During the carbonation operation, the gas-liquid CO 2 absorption is coupled with a simultaneous liquid-gas NH 3 desorption; both being coupled by chemical reactions in the liquid phase. The NH 3 contained in the gaseous stream leaving this carbonation stage must be recovered to regenerate the ammoniacal liquor, in order to minimize the environmental impact of future industrial plants and the reduction of production costs.
The ammoniacal liquor regeneration stage is currently one of the main issue of this Waelz oxides purification treatment, because it is a complex operation demanding careful controls of temperature and pH, requiring therefore an accurate scaling of the gaseous NH 3 recovery stage. For this purpose, the NH 3 stream leaving the carbonation stage and its evolution with the leaching solution composition must be quantified with precision. A particular attention has therefore to be given to this carbonation stage. A key step to reach this goal is the mathematical modeling of the gas-liquid CO 2 and the liquid-gas NH 3 transfers during the carbonation stage, which are coupled by reactions in the solution.
Several theoretical and experimental works can be found in the literature on the thermodynamic characterization of the gas-liquid CO 2 absorption in ammonia water systems or on the determination of gas-liquid CO 2 transfer coefficient. Nevertheless, there are only a few papers presenting mathematical tools to determine both the mass transfer rates and the concentration evolutions during the absorption in industrial reactors. Furthermore, to the best authors' knowledge, there is no paper considering liquid-gas NH 3 desorption coupled with gas-liquid CO 2 absorption.
The goal of this paper is to present the development of a simulation tool for the quantification of the simultaneous gas-liquid CO 2 absorption and liquid-gas NH 3 desorption occurring during the carbonation stage. For this purpose, a mathematical model of a carbonation reactor is proposed. In this model, a gas phase containing air, CO 2 and NH 3 , is put in contact with a liquid phase containing dissolved carbon and ammonium compounds (CO 2 , HCO 3 À , CO 3 2À , NH 3 , NH 4 þ , NH 2 COO À ). For the liquid phase, the model takes into account the coupling between the mass transports and the reactions phenomena. Since the gas-liquid mass transfers affect the solution composition in this reactor, which can affect back the transfer rates, a multiscale approach is used to couple the dynamics of the various phenomena occurring during the operation. This work can be seen as the first step in the development of a simulation tool for the full carbonation stage (i.e. with the precipitation). Such a tool will be worth of interest for optimizing the scaling of the carbonation reactor, for studying the influence of the operating conditions on the absorption performance and on the desorption rate, for predicting the composition of the solution conveyed to the liquor regeneration stage and for quantifying the desorbed NH 3 stream (in order to scale accurately the ammonia recovery stage).
Mathematical modeling and simulation
The gas-liquid reactor model is developed following a multiscale approach: two interacting submodels are developed, corresponding to two different characteristic scales: the reactor scale (macroscopic scale) and the gasliquid interface scale (microscopic scale of the mass transport phenomena). At the reactor scale, the submodel "reactor" is defined. Since the reactor used for experiments in this work is a batch stirred tank reactor, a perfectly mixed batch reactor model is considered. Nevertheless, the submodel "reactor" could be easily extended to the model of a continuous perfectly mixed stirred tank reactor, to be used for the simulation of a continuous industrial process.
At the interface scale, the submodel is called "interfacial transfer". This latter submodel is based on the two-film theory of Whitman [6] . In this approach, it is considered that the turbulence in each of the two fluids dies out at the interface and that a laminar fluid layer exists at each side of this interface [7] . Inside these layers, the species transport is purely diffusive, whereas the fluids are considered perfectly mixed outside (i.e. bulk).
During a simulation, the submodel "reactor" is devoted to compute the time evolution of the concentrations of each species in the solution due to the simultaneous CO 2 absorption and the NH 3 desorption. At each time step, it calls the gas-liquid mass transfer submodel "interfacial transfer" to compute the current CO 2 absorption and NH 3 desorption rates according to the current concentrations in the liquid.
Chemical reactions
In aqueous solutions, the CO 2 is known to react with the hydroxide ion OH À and with the water molecule H 2 O, but this latter reaction, according to Blauwhoff et al. [8] , is considered to have a negligible contribution to the reaction rate. Concerning the reaction of CO 2 with NH 3 , according to recent works by Liu et al. [9] , Qin et al. [10] , Zhao et al. [11] , it can be described via a zwitterion mechanism [12] [13] [14] or via a termolecular mechanism [15, 16] . In the liquid film, the modeling of the coupling between the mass transport and the reactions can be realized using a simplified approach if the reaction characteristic times are much smaller than the characteristic times of the diffusive transport in the film. In such a case, the reactions can be considered as instantaneous compared to the mass transfers and the concentrations satisfy the equilibrium equations at any point of the film.
The relative order of magnitude between the characteristic times of reaction and diffusion in the liquid film may be evaluated using the Hatta number. It is a dimensionless parameter comparing the rate of a reaction to the rate of diffusion and it can be computed by [17] :
where k ov is the overall forward kinetic constant (in s À1 ), D is the diffusion coefficient of the considered species in the liquid phase (in m 2 =s) and k L is the physical liquidside mass transfer coefficient (in m=s). This latter is computed by k L ¼ D=x L in the film formalism, with x L the liquid film thickness.
To determine the gas-liquid mass transfer regime, the Hatta number related to the reactions taking place in the film has to be estimated. According to the data presented in Coulson and Richardson [7] , the CO 2 diffusion coefficient in water D is of the order of 1.5 10 −9 m 2 =s at 20°C. For the reactor used in this work (see Section 3.1 for more detail), a contact time t C between liquid elements and gas bubbles is estimated to 0.02 s. Moreover, it has been shown by Wylock et al. [18] , by comparing the results of the classical one-dimensional film approach with the simulation results of a two-dimensional axisymmetrical model coupling the diffusion, convection and reaction phenomena around a moving bubble, that x L can be reasonably well evaluated by 4 ffiffiffiffiffiffiffiffi D t C p in the case of a bubble-liquid mass transfer coupled with reaction, leading to x L % 210 À5 m for the bubbles in the reactor used in this work. It is worth to mention that, using this expression for x L , the Hatta number is then evaluated by 4 ffiffiffiffiffiffiffiffiffiffiffi k ov t C p .
Using available correlations for the prediction of the kinetic constants of the reactions involved in the solution (see Appendix B), it is found that the Hatta number is mostly larger than 5 (reaction much faster than diffusion) for the ranges of concentrations leading to the CO 2 absorption. It means that the reactions can therefore be considered as instantaneously at equilibrium in the liquid film and, by extension, in the liquid bulk.
The chemical system is described by a set of linearly independent equations. According to Ahn et al. [19] , Budzianowski and Koziol [20] , Hales and Drewes [21] , Mathias et al. [22] , the following equilibria take place:
Their corresponding equilibrium constants write respectively:
The numerical values of the equilibrium constants are estimated using correlations presented in Appendix A.
Submodel "interfacial transfer"
In the two-film theory, it is considered that thin layers of fluid lie on both sides of the gas-liquid interface [6, 7, 17, 23] . Within these layers, the fluids are quiescent and the molecular diffusion is the only mass transfer mechanism. The concentration gradients are significant only in the direction perpendicular to the interface and they are at steady state. Therefore, stationary equations describing the species transports coupled with reactions in the liquid film at steady state have to be solved in a onedimensional domain. Let x be the direction perpendicular to the gas-liquid interface, pointing toward the liquid phase. The interface is located at x ¼ 0. x G and x L are the thickness of the gas and the liquid film, respectively. Therefore, the gas film lies from x ¼ Àx G to x ¼ 0 and the liquid film from
The gas film thickness may be determined by
with k G as the physical gas-side mass transfer coefficient and D G as the diffusion coefficient in gas phase.
On the one hand, a reasonable order of magnitude of k G in a stirred tank is 10 −2 m/s (see table 4 .1 of Trambouze and
Euzen [17] ). On the other hand, the diffusion coefficients of CO 2 and NH 3 in the gas phase are of the order of 10 −5 m 2 /s (see "Diffusion coefficients" in Appendix A). Therefore, a reasonable estimation for x G is 10 −3 m.
The one-dimensional diffusion-reaction equations in the gas and liquid films are obtained from mass balances on infinitesimal slice of the quiescent fluids.
In the gas film, there is no reaction. Since only diffusive transport is involved, the CO 2 and NH 3 concentration profiles in this film are linear and can be described by the following expressions:
p CO 2 G and p NH 3 G are the CO 2 and NH 3 partial pressures in the bulk of the gas phase, respectively. R is the perfect gas constant and T is the absolute temperature.
It is important to mention that p CO2 G and p NH 3 G are considered constant in this paper. This assumption ensures that the gas-liquid mass transfer rate variations are related only to the solution composition. It is a valid assumption for the bench-scale reactor used in the experimental part of this work, because the concentration variations in the gas phase are weak. It can be verified from the simulated mass transfer rates that the maximum concentration variations are less than 10%. Such an assumption should not be valid in an industrial-scale contactor. However, the presented model can easily be extended to such a larger-scale reactor by implementing additional mass balances on the gas phase, such as in Haut et al. [24] and Haut and Cartage [25] .
In the liquid, the coupling between the chemical reactions and the diffusive mass transports leads to a differential-algebraic equations system. The carbon species balance, the nitrogen species and the electric charge balances lead to the three following secondorder ordinary differential equations, respectively:
where X ½ is the concentration of the species X and D X is its diffusion coefficient.
Five additional algebraic equations are given by the expression of the chemical equilibria. In order to prevent numerical instability, eqs (7)- (11) are used under the following form:
where K 1 , K 2 , K 3 , K 4 and K w are the equilibrium constants of the reactions (2), (3), (4), (5) and (6), respectively. To solve eqs (14)- (21), appropriate boundary conditions have to be defined at the gas-liquid interface and at the edge of the liquid film.
At the interface (at x ¼ 0), it is assumed that the CO 2 and the NH 3 concentrations in the liquid phase are in equilibrium with their respective concentrations in the gas phase and that the CO 2 and NH 3 fluxes are equal on both sides of the interface. These conditions write mathematically:
D CO 2 G and D NH 3 G are diffusion coefficients of CO 2 and NH 3 in gas phase, respectively, and h CO 2 and h NH 3 are their respective dimensionless Henry coefficients.
Injecting eqs (22) and (23) in eqs (12) and (13), and injecting the resulting equations in eqs (24) and (25), the two following interfacial conditions are finally obtained:
It is considered that the other species, which are ionic species, do not cross the gas-liquid interface. The following equations are then written:
At the edge of the liquid film (at x ¼ x L ), it is assumed that the concentration of each species is its liquid bulk concentration, denoted by the subscript b, leading to the following equations:
These concentrations are the concentrations of CO 2 ,
respectively, in the liquid phase of the reactor.
Solving this boundary-value problem enables then computing the concentration profile of each species in the liquid film. From the CO 2 and NH 3 concentration profiles in the liquid phase, the number of CO 2 and NH 3 moles crossing the interface at steady state can be deduced, per unit of time and interfacial area:
2.3 Submodel "reactor"
Let F CO 2 and F NH 3 be the gas-liquid transfer rates of CO 2 and NH 3 , respectively, expressed in mole per unit time and volume of liquid. They are computed by:
where A G=L is the total gas-liquid interfacial area and V L is the volume of liquid in the reactor. They are considered as constants during the gas injection. The reactor is considered perfectly mixed, meaning that the concentrations of CO 2 (7)- (11) (by replacing X ½ by X ½ 0 ) and the three additional conditions corresponding to the carbon species conservation, the nitrogen species conservation and the electroneutrality:
where C T;0 and N T;0 are the total amount per unit volume of carbon species and of nitrogen species in the liquid solution at the initial state, respectively. During the gas injection, the simultaneous gas-liquid CO 2 and liquid-gas NH 3 mass transfers induce the displacements of the equilibria. Two mass balances on the total amount of carbon species and nitrogen species and one electric charge balance can be written, leading to the following equations:
By injecting the bulk concentration in eqs (17)- (21) and by deriving them with respect to the time, the following five additional ordinary differential equations are obtained:
Numerical procedure
All the model equations are solved numerically using the commercial software COMSOL Script 1.3. The equations defining the submodel "interfacial transfer" are solved using the finite element method. The computational domain corresponds to the interfacial liquid film and lies from x ¼ 0 to x ¼ x L . It is regularly meshed using quadratic Lagrangian elements and the mesh size is 10 −7 m, enabling an accurate estimation of the concentrations and the concentration gradients on the film. It has been verified that a refinement of this mesh does not influence the simulation results. The stationary direct solver UMFPACK is used to solve eqs (14)- (21) with the boundary conditions given by eqs (26)-(41).
The ordinary differential equations of the submodel "reactor", defined by eqs (49)-(56), are solved using the solver DASPK (which uses a Backward Differentiation Formulas method) with a free time stepping (i.e. chosen by the solver), starting from the initial concentrations
A simulation is started by launching the submodel "reactor". At each time t, it calls the submodel "interfacial transfer" to compute the concentration profile of each species in the liquid film and to deduce the CO 2 absorption rate F CO2 and the NH 3 desorption rate F NH3 from these profiles (eqs (44) and (45)), according to the current bulk concentrations. These transfer rates are then injected in eqs (49) and (50), respectively, to compute the bulk concentrations at the next time step.
Typical simulation results are presented in Figures 2  and 3 , respectively. The parameters used to compute these results are
The normalized concentration profiles of CO 2 and NH 3 in the liquid film are presented in Figure 2 , with X Â Ã the normalized concentration andx the normalized coordinate. They are computed for the initial state of the solution (t ¼ 0). For the sake of clarity, the concentration profiles of the other species in the liquid film are not presented. The CO 2 concentration is normalized by P CO2G =RT, the NH 3 concentration is normalized by NH 3 ½ 0 and the x coordinate is normalized by x L . On the one hand, it is observed that CO 2 ½ is maximum at the interface, with a value approximately at equilibrium with the gas phase bulk, and decreases quickly with x. From the position where the CO 2 concentration profile cross the NH 3 concentration profile, the decreasing of CO 2 ½ with x becomes slower. At the edge of the liquid film (x ¼ x L ), the slope is close to zero, meaning that all the transferred CO 2 has reacted in the film. On the other hand, NH 3 ½ is minimum at the interface, with a value close to the equilibrium with the gas phase bulk, and increases smoothly with x until its bulk value. These results show that the gas-liquid transfers are not limited by the species diffusion in the gas film but they are controlled by the coupling between diffusion and reaction in the liquid film. In this film, the reactions enhance the CO 2 absorption by an increase of its interfacial gradient, while they hinder the NH 3 desorption by inducing a small concentration gradient at the interface.
From the computation of the CO 2 and NH 3 concentration profiles, their concentration gradients at the interface can be calculated to determine the values of N CO 2 and N NH3 . The profiles presented in Figure 2 corresponds to an absorption, while the negative value of N NH3 corresponds to a desorption, as it is expected. The values of F CO 2 and F NH 3 can then be deduced at this time (t ¼ 0). The time evolution of the bulk concentration of several species in the reactor is presented in Figure 3 . The evolution of CO 2 , HCO 3 À and CO 3 2À concentrations is presented in Figure 3A and those of NH 3 , NH 4 þ and NH 2 COO À concentrations are presented in Figure 3B .
It is observed that the gas injection increases continuously the HCO 3 À and the NH 4 þ concentrations while it decreases continuously the NH 3 and CO 3 2À Figure 2 Normalized concentrations of CO 2 and NH 3 in the liquid film versus the normalized position and then decreases continuously. It is worth to mention that these concentration evolutions reflect a decrease of the pH of the solution. The simultaneous gas-liquid CO 2 absorption and liquid-gas NH 3 desorption are therefore characterized by a decrease of the pH, which can be monitored to follow the mass transfer dynamic.
3 Results and discussion
Experimental validation
In order to validate the proposed model, experiments are realized using an isothermal stirred tank reactor. A sketch of this device is presented in Figure 4 . This reactor is cylindrical and it is filled with an aqueous solution of given NH 4 OH and ðNH 4 Þ 2 CO 3 concentrations. The solution volume V L is 5.5 dm 3 and the temperature is kept constant by a thermostat at T ¼ 25°C. The gas flow is bubbled in the liquid thanks to a pipe. Its edge is immersed at H s % 25 cm from the free surface (when the liquid is at rest). The gas flow rate Q G is set to 1 dm 3 /min, the CO 2 partial pressure in this gas stream is 1 bar and the NH 3 partial pressure is 0 bar.
The diameter of the generated bubbles d b is approximately 4 mm at the pipe edge (estimated visually thanks to a ruler beside the pipe) and these bubbles have an ellipsoidal shape. For such bubbles, their velocity relatively to the liquid G b can be estimated by the correlation proposed by Clift et al. [26] for the terminal velocity of a single ellipsoidal air bubble in water with a contaminated interface, leading to G b % 0:18 m/s. Using the correlation of Haut and Cartage [25] , the contact time t C between liquid elements and gas bubbles is then estimated to 0.02 s. Evaluating x L by 4 ffiffiffiffiffiffiffiffi D t C p , it leads to x L % 2 10 −5 m. Their total gas-liquid interfacial area A G=L may be approximated by V G a b , where V G is the total volume of gas bubble in the liquid and a b is the bubble-specific interfacial area active for the transfer (transferring interfacial area divided by the volume of the bubble). V G can be approached by Q G G b =H s and a b for ellipsoidal bubble is evaluated using the correlation presented in Haut and Cartage [25] , leading to the approximation A G=L 0 ¼ 1.76 dm 2 .
During the gas injection, the aqueous solution is mixed by a four-blade impeller rotating at 150 rpm. It has been verified that the solution can be considered as perfectly mixed regarding the gas-liquid mass transfers, which modify gradually the concentrations in the liquid. This tank is equipped with a Jeulin ESAO pH probe (characteristic response time of 5 s), which enables monitoring the dynamics of the pH during the gas injection. The measured pH is then compared to the time evolution of the pH computed using the model. The simulations are realized using x L ¼ 2 Â 10 −5 m and x G ¼ 10 −3 m.
Concerning the parameter A G=L , it is observed (see Figure  5 , explained in more detail later on) that its approximation A G=L 0 is not accurate enough to fit the experimental results. Indeed, the validity of this estimation would require an accurate estimation of d b and that the bubble characteristics remained constant during their residence time in the liquid; it appears that it is not the case. Instead, it is visually noticed that, for any given experiment, the bubble characteristics may evolve after leaving the sparger: they may be deformed by the shear stresses when they are close to the impeller, they may coalesce or may be broken by the impeller blades. Moreover, its value seems also influenced by the operation conditions. A preliminary analysis has indeed shown that A G=L is influenced by the rotating speed, by the gas flow rate and also by the concentrations of the species in the liquid solution.
A G=L is therefore considered as an adjustable parameter of the model but which is a constant for a given experiment. It is thus fitted for each experiment, using a least-square criterion, by minimizing the quadratic difference between the experimental and the simulated time evolution of the pH during the gas injection, as in Wylock et al. [27] . The mean squared residual is defined by
n is the total number of experimental measures in a given experiment. The value of A G=L is then fitted in order to minimize S 2 , starting from A G=L 0 as an initial guess. The fitted values are noted hereafter A G=L fit .
Some typical comparison results are presented in Figure  5 . probably be related to the increase of the solution viscosity and of the gas-liquid surface tension with the concentrations, leading to an increase of the generated bubble size. It is observed that a reasonable agreement is reached for each fitted case, showing the model ability to simulate the right range of pH and its dynamic during the gas injection. The presented simulation tool is therefore able to predict the equilibrium displacements in the liquid phase and the relative importance of the two gas-liquid transfer rates.
Influence of the solution composition on the mass transfer rates
The model is used to quantify the simultaneous gasliquid CO 2 absorption and liquid-gas NH 3 desorption rates and to analyze the phenomena taking place during these mass transfers in conditions representative of the industrial ones. In the industrial carbonation stage, the pH of the solution at the inlet is approximately 9.5 and the temperature of the solution in the reactor is close to 20°C and the pressure of the gas coming from the Waelz furnace is close to 1.4 bar at the injection. This flue gas contains no NH 3 and its CO 2 molar fraction has been evaluated to 11.5%. Therefore, for the simulations presented in this section, the used parameters are
Let C T and N T be the total amount per unit volume of carbon species and nitrogen species, respectively, in the liquid solution in the reactor. They are used to characterize the solution composition and they are calculated by:
The contours of N CO 2 and N NH 3 , expressed in mol/m 2 s, and of the pH are presented in Figure 6A , 6B and 6C, respectively, as functions of N T (in abscissa) and C T (in ordinate) expressed in mol/m 3 .
For a given solution composition, the CO 2 absorption rate, the NH 3 desorption rate and the corresponding pH of the solution can easily be estimated using the Figure 6A , 6B and 6C, respectively. During the gas injection, C T increases and N T decreases, with rates depending on the values of N CO 2 and N NH 3 , respectively, and it induces a decrease of the pH.
When comparing Figure 6A and 6B, it is observed that the CO 2 absorption rate is globally one order of magnitude larger than the NH 3 desorption rate. The absorption rate is higher than the desorption rate because the reactions enhance the CO 2 concentration gradient at the interface, favoring the CO 2 absorption, whereas the NH 3 is almost totally depleted, hindering the NH 3 desorption. It means that the pH decrease is mainly due to the gas-liquid CO 2 absorption from the flue gas of the Waelz furnace. The contour maps presented in Figure 6 could be useful to identify the optimum composition of the solution enhancing the CO 2 absorption and limiting the NH 3 loss for the current operating conditions, especially along the pH evolution with concentrations. Indeed, this latter variable is used to control the precipitation phenomenon in the carbonation reactor. Using these maps, the absorption/desorption dynamics can be classified as function of the pH and different pH ranges can be identified.
It is observed that in solutions with a pH above 10, characterized by a high concentration in NH 4 OH, the best CO 2 absorption conditions are reached. However, these conditions are unfortunately associated with the fastest NH 3 desorption rate. In solutions with a pH close to 8, which are rich in NH 4 HCO 3 , rather bad mass transfer conditions are reached. The CO 2 absorption rate is quite small while the solution desorbs NH 3 . If the pH is smaller than 8, the solution becomes CO 2 desorbing while it keeps on desorbing NH 3 . Rather good mass transfer conditions seem to be reached in solutions with a pH between 8 and 10, which are rich in ðNH 4 Þ 2 CO 3 . The CO 2 absorption and NH 3 desorption rates are moderate.
In the industrial process, the pH of the leaching solution entering in the carbonation reactor lies typically from 9.5 to 8 and the zinc carbonate precipitation is reached at a pH close to 8. We see therefore that the range of pH encountered in the existing process is rather good for the CO 2 absorption process, although it could be better.
Furthermore, using the presented simulation tool, the amount of NH 3 desorbed during the carbonation stage can be evaluated for ammonia recovery step scaling purpose, starting from a given composition. For instance, considering a solution having C T;0 ¼ 500 mol/m 3 and Such an analysis, realized using the presented simulation tool for various liquid compositions, is worth of interest for optimizing the Waelz oxide purification treatment. Indeed, by comparing the results for the different composition, it provides relevant information for determining the optimum composition for the CO 2 absorption performance and for quantifying the gas N NH 3 stream leaving the reactor with the gas (for an optimum design of the ammonia recovery stage).
Conclusion and perspectives
A simulation tool is developed for the quantification of the simultaneous gas-liquid CO 2 absorption and liquidgas NH 3 desorption occurring during the carbonation stage of a hydrometallurgical purification treatment of Waelz oxides. It is observed that the proposed model enables predicting rather well the time evolution of the pH during the injection of pure gaseous CO 2 in aqueous solutions of NH 4 OH and ðNH 4 Þ 2 CO 3 in an isothermal stirred tank reactor, by using a fitted value of the total gas-liquid interfacial area, showing the ability of the simulation tool to predict the time evolution of the liquid composition during a gas injection. Moreover, this tool is used to evaluate the transfer rates in conditions representative of the industrial ones. It is concluded that the range of pH encountered in the existing process (between 9.5 and 8) is rather good for the CO 2 absorption. Indeed, for these conditions, the solutions are rich in ðNH 4 Þ 2 CO 3 , leading to a CO 2 absorption rate rather satisfying while the NH 3 desorption remains limited. Besides, the presented results show that the best CO 2 absorption conditions are reached in solutions with a pH above 10. For this reason, the leaching and purification stages in the hydrometallurgical process should be optimized in order to minimize the ammonia losses from the liquor. If that purpose is achieved, the pH of the solution at the inlet in the precipitation stage would be maintained above 10, increasing the CO 2 absorption, thereby generating a higher zinc recovery and the optimization of the CO 2 capture from the flue gas of the Waelz kiln.
As a perspective, the model will therefore be used in order to seek for improvement of the operational conditions regarding the mass transfers and to have an accurate estimation of the ammonia loss during the process, to improve the scaling and/or the design of the ammonia recovery facility. Further developments will be also carried out in order to implement a modeling of the solid precipitation in the current model, since the real system is actually triphasic. It should be indeed interesting to assess the coupling between these phenomena. Then, the resulting model would be used to identify the most efficient design and scaling of the gas-liquid contactor for the precipitation stage.
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Appendix A: Physico-chemical parameters Equilibrium constants
The equilibrium constant of reaction (2), K 1 (in m 3 /mol), is a function of the temperature and the density of the solution. It is estimated using the correlation found in [28] , Vas Bhat et al. [29] : 
ρ w is the density (in kg/m 3 ) of pure water and T is the absolute temperature (in K). K w is the ionic product of water, which is the equilibrium constant of reaction (6) .
) is estimated using the following correlation [29, 30] : 
The equilibrium constant of reaction (3), K 2 (in m 3 /mol), is estimated as a function of the temperature by the correlation found in [31, 32] : The equilibrium constants of reaction (4) and (5) 
Diffusion coefficients
The correlation presented in this section enables the estimation of the diffusion coefficients of each species in both phases, expressed in m 2 /s.
In the liquid phase, the diffusion coefficient of CO 2 is obtained from [34, 35] :
μ w and μ are the dynamic viscosities of pure water and of the solution, respectively. The CO 2 diffusion coefficient in pure water, D CO2; w , is calculated by: 
with F the Faraday constant. 
